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Abstract 
The feasibility of the post combustion process Carbonate Looping has been confirmed through operation of various test rigs at 
different scales worldwide. This work describes the development of a 1 MWth test rig to a 20 MWth pilot plant, shows some 
important and essential test results of the 1 MWth plant and presents a basic design study with a final setup of the 20 MWth pilot. 
The erection and operation of a pilot plant in a scale of 20 MWth is considered as a further milestone with regard to a large scale 
application of this technology.  
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1. Introduction 
A promising possibility to reduce the carbon dioxide emissions of fossil fired power generation is the post 
combustion capture technology Carbonate Looping (CL) with subsequent storage or usage of CO2. Many of the first 
generation CO2-capture technologies (e.g. MEA scrubbing, oxy-fuel combustion, IGCC) have the disadvantage of 
high energy consumption with a corresponding substantial net efficiency loss of 8 to 14 % -points (incl. CO2 
compression) of the upstream power plant [1-4].  
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In the CL process the CO2 in the flue gas of the power plant is absorbed by CaO (burnt lime) in the carbonator 
and transferred as CaCO3 (limestone) to the calciner, where the CO2 is released by a temperature increase, forming a 
gas stream of highly concentrated CO2. The regenerated CaO is transferred back to the carbonator. The most 
straightforward heat source for the endothermic calcination reaction is a supplementary firing with coal and oxygen.    
A system of two interconnected circulating fluidized beds (CFB) has been proposed for CL, since good mixing 
between solids and gas, high solids circulation rates and high heat transfer rates leading to uniform temperature can 
be carried out in CFB`s [5]. CL is associated with rather low efficiency penalties of 5-7 % -points (incl. CO2 
compression) and additional power generation [6]. The low price and high availability of limestone in various 
locations on earth is a further advantage of CL. Several pilot scale gas or coal fired test facilities, e.g. the 75 kWth 
CANMET pilot in Ottawa [7], the 200 kWth pilot in Stuttgart [8], the 1 MWth test plant in Darmstadt [9] or the 1.7 
MWth pilot in La Pereda [10] proved good results for CO2 capture. A 1.9 MWth test plant is currently being erected 
in Taiwan [11]. Furthermore, a 300 kWth test unit for an improved CL process with an indirectly heated calciner is 
under construction at Technische Universität Darmstadt [12].  
 
Nomenclature 
ṁ Mass flow 
T Temperature 
Q  Heat flow 
P1 Operation Point 1 (after 9 hours) 
P2 Operation Point 2 (after 17 hours) 
CL Carbonate Looping   
CFB  Circulating Fluidized Bed  
ID   Induced draft 
IGCC Integrated Gasification Combined Cycle 
PSD  Particle size distribution 
FGD Flue gas desulfurization 
GKM  Großkraftwerk Mannheim  
GPU Gas Processing Unit 
HE Heat Exchanger 
XAVE,max  Maximum average conversion rate of CaO  
XAVE Average conversion rate of CaO  
Cs  Molar sulfur load of the sorbent  
CSO2 Sulphation rate of the sorbent per carbonation/calcination cycle  
 
2. Experimental investigations in a 1 MWth test facility 
One of the largest CL test units using two interconnected CFB reactors with a nominal power of 1 MWth related 
to the flue gas produced in a real coal fired combustion chamber has been erected at Technische Universität 
Darmstadt in the year 2010. Meanwhile the pilot plant has been operated for more than 1500 h in fluidized bed 
mode, thereof more than 400 h with CO2 capture. Firing the calciner with propane gas or hard coal in an oxygen 
enriched air atmosphere, up to 88 % of CO2 from the flue gas was captured in the carbonator corresponding to an 
overall CO2 capture efficiency of up to 95 % [13]. Further experimental investigations will be carried out in the       
1 MWth test facility in the course of 2014 with hard coal and lignite.  
    Figure 1 shows the setup of the pilot plant. A coal-fired combustor has been installed for production of a real flue 
gas (not shown in Fig. 1) containing CO2. However, the results presented in this paper are based on CO2 capture 
from a synthetic flue gas. Since the coal combustion chamber was not in operation during the test campaign, a 
mixture consisting of air from a fan and CO2 from a tank was used. The synthetic flue gas can be electrically pre-
heated up to 350 °C and enters the carbonator through a nozzle grid. Since the capture reaction in the carbonator is 
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exothermal, the reactor needs to be cooled to keep the temperature constant. The cooling is carried out with internal, 
adjustable cooling lances entering the reactor from the top. For start-up of the capture process the carbonator is 
equipped with a propane start-up burner and a bed lance. Both reactors and all loop seals are refractory lined to 
minimize the heat losses and to ensure an auto-thermal operation of the carbonator. A decarbonized flue gas leaves 
the system via a heat exchanger, a fabric filter for dust precipitation, and an induced draft (ID) fan. Solids from the 
carbonator are transferred to the calciner by a screw conveyor (not depicted in Fig. 1) attached to the bottom of the 
loop seal. The solids transfer between the reactors can be adjusted by the rotation speed of the screw conveyor. 
Make-up limestone can be introduced into the carbonator by a gravimetric dosing system. The advantage of 
introducing make-up into the carbonater is that the make-up is heated to 650 °C in the carbonator before it enters the 
calciner, so that less coal and O2 are required in the calciner.  
   The calciner is fluidized by a mixture of air from a fan and oxygen from a tank, which can be electrically 
preheated up to 450 °C. The addition of oxygen allows enhancing the oxygen content in the reactor while 
maintaining reasonable fluidization velocities. Two different fuels can be burnt in the calciner in order to provide the 
heat for sorbent regeneration. The reactor can be fired with propane, either by a burner or a bed lance. The gas 
burner is used for heating up the plant. The bed lance allows additional introduction of propane at the bottom of the 
reactor. Furthermore, the reactor can be fired with pulverized coal. A maximum flow of 150 kg/h of coal, 
corresponding to a thermal power of approximately 1 MWth depending on the lower heating value of coal, can be 
introduced to the calciner by a gravimetric dosing system. Analogue to the carbonator, the calciner flue gas is 
released to the environment via a heat exchanger, a fabric filter, and an ID fan. A double loop seal configuration has 
been installed to control the transfer of solids from the calciner to the carbonator.  
   The pilot plant is equipped with pressure transducers and thermocouples along the height of the reactors, in the 
wind boxes, and in the connecting peripherals. The flow and gas composition of the flue gas from the carbonator 
and calciner are continuously measured. 
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Fig. 1. Experimental setup of the 1 MWth test facility 
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   In February 2012, first continuous CL tests were performed in the 1 MWth plant with coal fired calciner. During a 
30 hour period of CO2 capture, around 144 kg/h of CO2 were added to the primary air flow of the carbonator to 
produce a synthetic flue gas leading to a CO2 concentration of 12 vol. % at the carbonator inlet. The fluidization air 
of the calciner was enriched with up to 45-50 % oxygen to limit the riser velocity while ensuring complete 
combustion of coal. In the period between 0 and 5 hours, the CO2 concentration at the carbonator exit was almost 
equal to the equilibrium CO2 concentration at the actual operating temperature (cf. Fig. 2 (a)).  
   Hence, the CO2 absorption efficiency was limited by chemical equilibrium, which resulted in rather stable 
operating conditions. After that, the temperature slightly dropped to around 640 °C, and a fluctuating behavior of 
temperature and CO2 absorption rate was observed. The CO2 concentration at the carbonator exit was well above the 
equilibrium CO2 concentration, so that the CO2 absorption efficiency was most likely limited by chemical kinetics, 
leading to a lower CO2 absorption rate (cf. Fig. 2 (a)). But, the CO2 absorption efficiency was still around 80 %. 
After 13 hours, the flow of the solids screw conveyor was reduced (cf. Fig. 2 (b)) and the carbonator temperature 
subsequently decreased to around 610 °C since less hot solids at a temperature level of 900 °C were introduced from 
the calciner. As a consequence, the CO2 capture efficiency dropped to about 60 % due to a reduced chemical 
reaction rate. The total CO2 capture efficiency including the CO2 produced in the calciner due to the coal 
combustion was above 90 % (cf. Fig. 2 (b)). Even as the carbonator capture efficiency decreased, the total capture 
was still high since the coal mass flow to the calciner was increased to keep the temperatures constant. The coal 
combustion rate equals a thermal heat generation of 500-800 kW. The carbonator inventory was fluctuating between 
180-270 kg corresponding to a bed pressure of 6.5 – 9.7 kPa (cf. Fig. 2 (b)). Fig. 2 depicts the described 
characteristics during the 30 hour test campaign with coal.  
 
 
Fig. 2. (a) CO2 capture efficiency of the carbonator compared to the equilibrium CO2 concentration and corresponding reactor temperature;           
(b) Carbonator and total CO2 capture efficiency with corresponding carbonator inventory and two selected operation points (P1 and P2) for the 
mass and energy balance in Table 2 and Table 3.  
   Fig 3 (b). shows two selected operation points. For P1 (9 hours of operation) and P2 (17 hours of operation) 
samples were extracted from the carbonator by means of a cooled extraction screw conveyor. The particle size 
distribution of the samples compared to the raw material is depicted in Fig. 3 (a). The material composition of the 
samples is shown in Table 1. It is apparent that the PSD`s of both samples are very similar. The mean particle 
diameter of the raw limestone (German limestone, provided by Rheinkalk) is 180 μm with a d50 of 160 μm. The 
mean particle diameter of both selected samples is approximately 25 % smaller due to attrition. Fig. 3 (b) illustrates 
that there was no continuous make-up flow to the pilot during the 30 hours test campaign with a coal fired calciner. 
While extracting the samples, the makeup flow was zero for a longer period. Fig. 3 (b) also presents the circulating 
solids mass flow.  
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Fig. 3. (a) Particle size distribution of two samples (S1 after 9 hours and S2 after 17 hours of operation) extracted from the carbonator 
compared to the PSD of raw limestone; (b) Circulating solids mass flow and makeup flow among 30 hours of pilot operation 
 Table 1. Composition of the two selected samples (S1 and S2 sampled at operation points P1 and P2) 
Composition  Sample 1 Sample 2 
Lime (CaO) 85.3 84.8 
Limestone (CaCO3) 6.1 5.1 
Ash (SiO2, MgO, Fe2O3, Al2O3, Mn2O3) 6.6 7.2 
Sulfur compound (CaSO4) 2.0 2.9 
 
   A detailed mass and energy balance for P1 (after 9 hours of operation) is shown in Table 2 and Table 3. The first 
table is presenting the mass and corresponding heat flows entering and leaving the carbonator, the second table 
depicts the same values for the calciner. The primary air of the carbonator is mixed with CO2 to simulate a synthetic 
flue gas. The start-up burner is purged with air to chill the burner and to avoid a backflow of the flue gases into the 
burner system. The carbonator is cooled with adjustable cooling lances to keep the temperature in the reactor stable. 
Approximately 225 kW were extracted from the carbonator at P1. The wall heat losses of the carbonator and calciner 
were both calculated to approx. 25 kW. The heat loss of the cooled solids screw is 35 kW.  
   The fluidization air of the calciner was enriched with around 45 % oxygen to limit the riser velocity while ensuring 
complete combustion of coal. The coal mass flow of the calciner corresponds to a thermal power of 737 kW. The 
PSD of the coal showed about 99 % of the particles being smaller than 90 μm. 
Table 2. Mass and energy balance for the carbonator at P1 (9 hours of operation; cf. Fig. 3 (b)); Reference temperature 293 K 
Carbonator inlet Carbonator outlet 
Parameter ṁ [kgh-1] T [K] ሶܳ  [kW] Parameter ṁ [kgh-1] T [K] ሶܳ  [kW] 
Primary air 629 512 39 Flue gas 801 880 147 
Burner air 129 297 0.15 Solids (CaO, CaCO3, Ash, CaSO4) 3657 920 609 
Loop seal air 17 293 Æ 0 Water flow cooling lances 15796 395 1899 
CO2 151 623 15 CO2 captured 117 - - 
Makeup* 0 30 0   
Solids  3540 1125 764   
Water flow cooling lances 15796 383 1674   
 * At operation point P1 no make-up flow was introduced to the plant. The average make-up flow during  the 30 hours of operation was higher.  
0 50 100 150 200 250 300 350 400 450 500
0
10
20
30
40
50
60
70
80
90
100
C
um
ul
at
iv
e 
si
ze
 d
is
tri
bu
tio
n 
[%
]
Particle size [Pm]
 
 
Raw limestone
Sample 1 (9 hours)
Sample 2 (17 hours)
0 5 10 15 20 25
0
20
40
60
80
100
120
M
ak
eu
p 
flo
w
 [k
g/
h]
Time [h]
 
 
1800
2400
3000
3600
C
irc
ul
at
in
g 
m
as
s 
flo
w
 [k
g/
h]
Makeup
Circulating mass flow
 M. Junk et al. /  Energy Procedia  63 ( 2014 )  2178 – 2189 2183
 Table 3. Mass and energy balance for the calciner at P1 (9 hours of operation; cf. Fig. 3 (b)); Reference temperature 293 K 
Calciner inlet Calciner outlet 
Parameter ṁ [kgh-1] T [K] ሶܳ  [kW] Parameter ṁ [kgh-1] T [K] ሶܳ  [kW] 
Primary air 181 623 17 Flue gas 650 1121 190 
Burner air 90 297 0.1 Solids (CaO, CaCO3, Ash, CaSO4) 3540 1121 779 
Loop seal air 36 293 Æ0     
O2 151 623 15     
Coal 102 306 0.4   
Solids  3657 855 531   
   The 1 MWth pilot plant at Technische Universität Darmstadt has been successfully operated for more than 400 h 
with CO2 capture with propane and coal fired calciner. A mass and energy balance for a selected operation point of a 
30 hour test campaign is presented in this paper. The results of the experimental investigations proved the feasibility 
of the process. High capture rates are possible and the configuration with a dual fluidized bed system seems to be 
appropriate for the CL process. CO2 absorption efficiencies of up to 85 % in the carbonator corresponding to total 
CO2 capture rates up to 91 % were reached in coal-fired mode.  
3. Design of a 20 MWth Carbonate Looping Pilot Plant 
   The experimental investigations in the 1 MWth CL test facility showed very good results in a semi-industrial scale. 
Further long-term tests will be carried out in the course of the year 2014 but first fundamental issues were already 
clarified. High capture rates (> 90 %) are possible and the application of a coupled dual-fluidized bed system for the 
CL technology is appropriate [13]. The next step for such an installation and for the scale up of this technology is 
the development of a pilot facility with a thermal power of 20 MWth. The reason is that still technological and 
economical questions remain unanswered. Worldwide no real long-term tests were carried out so far. The industry is 
asking for longer and continuously performed test runs, beyond 1000 h, before further funding for projects can be 
provided. Longer test campaigns could better prove the mechanical stability of the carrier in the CL process. 
Furthermore, a clear assessment on the sorbent deactivation and corresponding make-up rates can be only 
investigated during extended test runs. For scale up evaluations only rough cost estimates are available, so it will be 
necessary to establish and validate techno-economic performance figures. But, with a direct integration of this 
planned pilot to a coal fired host plant, long term effects and optimization measures regarding operational 
parameters (make-up, circulating solids mass flow) could be investigated. Additionally, the setup of the process for 
design and off-design conditions and the dynamic behavior of the process with respect to load changes of the 
upstream plant can be evaluated more effectively.  
   For this case study, the hard coal fired power plant unit 6 of the Großkraftwerk Mannheim power station was 
selected as a reference. After the preheating of the flue gas behind the FGD to 62 °C a slip stream is separated and 
introduced into the CL process. Fig. 5 shows the integration of the CL process into the power plant of GKM [14]. 
Most of the high temperature heat of the solids and flue gases will be used for steam generation. The steam will be 
introduced to a 20 bar steam line and is used for electricity production or district heating. The CO2 depleted flue gas 
stream of the carbonator will be transferred back to the power plant and is released to the atmosphere. The enriched 
CO2 flue gas stream of the calciner will be introduced into a gas processing unit for further purification and 
compression.  
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Fig. 4. Integration of the 20 MWth pilot into the GKM power plant site 
 
   The design of the 20 MWth pilot is very much based on the setup of the 1 MWth test rig of Technische Universität 
Darmstadt with some modifications. The thermal power is referred to the flue gas entering the carbonator and the 
thermal power of the calciner. For the design case the thermal power of the flue gas from the host plant corresponds 
to 12 MWth and the required heat demand of the calciner varies between 5-11 MWth. This value is highly dependent 
on the default process parameters.  
   The particle size distribution of the circulating solids has a high impact on the design of the cyclones, the CO2 
capture ability or e.g. the calcination. The raw limestone to be applied in the 20 MWth pilot is depicted in Table 4. 
Due to some experience with sorbent agglomeration using smaller grained particles in the 1 MWth test rig, a 
standard product of Rheinkalk with a larger mean particle diameter of 468 μm shall be applied for the scale up.  
 Table 4. Particle size distribution of the raw limestone to be applied for the 20 MWth scale up 
Particle size [μm] Mass fraction [%] 
< 200 7.5 
200 - 315 12.3 
315 - 500 46.5 
500 – 630 30.3 
630 - 710 2.7 
> 710 0.7 
 
   The design superficial velocity of both reactors in the pilot is defined to 5.5 m/s. With a total reactor height of 20 
m the corresponding residence time of the gases in the reactors is 3.6 s. The specified superficial velocity is 
adequate to also lift the coarse grained particles above 710 μm (terminal velocity of particles ~ 710 μm is around 5 
m/s). To maintain a sufficient molar conversion of the sorbent and to balance the sorbent loss due to physical 
attrition, a continuous make flow has to be introduced to the process. Due to the fresh limestone and the attrition of 
the inventory an average steady state particle size distribution is present in the pilot. Table 5 shows the calculated 
adjusted PSD and the corresponding separation efficiency of the reactor cyclones. The average particle diameter is 
reduced from 468 μm to 298 μm, corresponding to a decrease of approximately 35 %. This assumption is more 
conservative than the reduction of particle sizes observed in the 1 MWth plant (cf. Fig. 3(a)).  
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  Table 5. Steady state particle size distribution in the 20 MWth pilot considering attrition 
Particle size [μm] Mass fraction [%] Cyclone separation efficiency [%] 
0 - 10 0.06 15.0 
10 - 25 0.11 35.0 
25 - 50 0.43 75.0 
50 - 100 4.83 99.0 
100 – 200 12.72 99.7 
200 - 315 44.32 99.9 
315 - 500 33.30 99.9 
500 - 710 4.24 99.9 
 
   The total separation efficiency of the cylcones is calculated to 99.6 %. This assumption for the pilot is also very 
conservative, since usually separation efficiencies of up to 99.9 % can be expected for state of the art cyclones. 
Nevertheless, in the design case around 152 t/h solids are entrained from the carbonator, leading to a particle loss of 
approximately 0.6 t/h in the carbonator cyclone. The average molar carbonation conversion is calculated by an 
existing 1D reactor model to 15 % [15]. The final conversion rate is decreased to 11.25 % due to the impact of sulfur 
on the sorbent reactivity. This value is calculated by means of Equation 1 [16].  
 
                                                 2,max 0.05
   ave s SOave ave
X C C
X X       [-]                                                           (1) 
 
   The maximum molar conversion rate is calculated by the average molar conversion without the impact of sulfur, 
the molar sulfur load of the sorbent in the system and the sulphation rate of the sorbent per carbonation/calcination 
cycle. For simplification reasons it is assumed that the sulfur in the system is completely converted to CaSO4 and the 
sulphation of the sorbent is specified to 0.05. For the pilot an average make-up flow of 1.5 t/h is approximated. The 
reactor square areas can be determined based on selected boundary conditions (superficial velocity) of the CFB 
reactors. The carbonator cross section is calculated to 2.82 m² with a corresponding diameter of 1.89 m, assuming a 
cylindrical design. The calciner cross section is specified to 1.38 m² with a corresponding diameter of 1.32 m. The 
design of the pilot plant should be as flexible as possible with a high requirement in reducing the capital costs of the 
pilot. Therefore several design modifications compared to the 1 MWth setup were carried out. To keep the carbonator 
reactor temperature constant at around 650 °C the heat from the exothermal reaction has to be dissipated. Therefore 
the reactor of the pilot is not chilled by adjustable cooling lances. Instead the hot solids coming from the calciner are 
cooled down, before entering the carbonator, in an upstream fluidized bed exchanger. A further major difference to 
the 1 MWth test rig is the use of released heat flows. In the 20 MWth pilot the heat of the flue gases and the solids 
will be used for steam generation. Fig. 5 shows the simplified assembly of the pilot and the integrated steam 
generators. To minimize the capital costs of the pilot, only the flue gases of the carbonator, calciner and the hot 
solids from the calciner are used for steam generation. The heat of the extracted solids from the reactors will be not 
used for steam generation. For the same reasons it will be waived to internally preheat the flue gas entering the 
carbonator by means of e.g. the hot flue gases leaving the calciner or carbonator. Instead the flue gas from the host 
plant introduced to the carbonator can be preheated with steam from the GKM power plant.  
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Fig. 5. Simplified experimental setup of the 20 MWth pilot plant 
   Compared to the experimental investigations of the 1 MWth test rig, the flue gas from the host plant consists of a 
significant fraction of H2O improving the carbonator capture ability [17, 18]. During a part load operation of the 
pilot plant it can occur that the gas volume flow is not high enough to maintain sufficient superficial gas velocities 
for entraining the particles. Therefore the carbonator off gas can be recirculated and added to the flue gas from the 
host plant as needed in part load operation. The coupling concept of the 1 MWth test rig is based on a screw conveyor 
and a coupled loop seal configuration. This concept will be replaced by a cone valve for each reactor in the 20 MWth 
pilot. Compared to screw conveyors there are no rotating components being less liable to damage. The calciner will 
be fired with pure technical oxygen. To avoid high temperature peaks, part of the calciner flue gas is recirculated to 
the reactor. The ratio of recirculated flue gas to oxygen is specified to 60/40 on a molar base. Thus, the bulk 
components of the calciner flue gas are CO2, O2 and H2O only. The recirculated flue gas is extracted behind the 
filter, internally preheated by the calciner flue gas to 450 °C (not depicted in detail in Fig. 6) and finally mixed to the 
oxygen. The calciner design temperature is specified to 950 °C due to a relatively high partial pressure of CO2 in the 
reactor. Actually 900 °C should be also appropriate, but to ensure a full calcination and fast kinetics the temperature 
is slightly increased. In the pilot plant the make-up flow is introduced to the calciner and not to the carbonator as in 
the 1 MWth test rig. This increases the amount of required coal and oxygen but avoids the potential accumulation of 
large limestone particles inside the carbonator, since the particle density is decreased from 2650 kg/m³ (raw 
limestone) to 1600 kg/m³ (burnt lime). Compared to the 1 MWth test rig the calciner CO2 is not released to the 
atmosphere, instead it is introduced to the GPU for further processing.  
   For the design of the pilot plant process simulations were carried out by the Institute for Energy Systems and 
Technology of Universität Darmstadt. Table 6 presents some process calculations for the design case of the 20 MWth 
pilot carried out with ASPEN PLUSTM. 
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         Table 6. Process simulation for the design case of the 20 MWth pilot 
 Carbonator outlet (650 °C) Calciner* (950 °C) Calciner** (950 °C) 
Superficial velocity                   [m/s] 5.5 5.5 8.1 
Volume flow flue gas                [m³/h] 55 763 27 287 40 086 
Solids entrainment                     [t/h] 152 79 164 
Internal solids recirculation       [t/h] 110 40 125 
Circulating solids mass flow     [t/h] 42 39 39 
* Calculated with volume flow at calciner inlet 
** Calculated with volume flow at calciner outlet 
 
   The default CO2 capture of the carbonator is specified to 80 % (it is expected to be higher in the pilot, but as a 
conservative assumption this value is reasonable). Thus the CO2 fraction in the flue gas is reduced from 12.3 vol. % 
to 2.7 vol. % at the carbonator off gas. The detailed composition of the flue gases is depicted in Table 7. The sorbent 
will be regenerated at 950 °C in the calciner. Therefore approximately 1.65 t/h hard coal has to be introduced to the 
calciner, corresponding to a thermal power of 10.9 MWth. For the combustion 3.3 t/h technical oxygen has to be 
provided. The heat ratio (calciner thermal power in relation to the thermal power of the upstream plant) is relatively 
high. This is due to the fact that the pilot plant has been not energetically optimized. Instead the focus was on 
flexibility and cost reduction.  
  Table 7. Composition of the calciner and carbonator flue gas for the design case of the 20 MWth pilot 
Composition Carbonator (wet) Calciner (wet) Calciner (dry) 
CO2          [vol.%] 2.7 72.3 92.5 
N2              [vol.%] 80.1 2.6 3.4 
O2              [vol.%] 5.3 3.2 4.1 
H2O      [vol.%] 11.9 21.8 Æ 0 
 
   Taking the calculated solids mass flow of Table 6 into account, approximately 420 kg/h of solids are leaving the 
calciner cyclone and 590 kg/h the carbonator cyclone with the flue gas. To keep the solids inventory in the system 
constant with respect to the defined make-up flow and the cyclone particle losses, additionally 50 kg/h have to be 
extracted by means of the ash/sorbent extraction screw conveyors. Fig. 6 shows a simplified detail of the process 
scheme with attention to the integrated heat exchangers. The solids coming from the calciner are being cooled in the 
fluidized bed heat exchanger (HE1) from 950 °C to 636 °C (heat duty ~ 3.3 MWth). This ensures a constant 
carbonator temperature of 650 °C. The CO2 depleted flue gas from the carbonator is cooled from 650 °C to 160 °C in 
HE2 before passing a fabric filter (heat duty ~ 3 MWth). The extracted solids could be cooled down from 650 °C to 
160 °C in HE5, but this heat exchanger will not be implemented in the pilot since the mass and heat flow is very 
small and the benefit compared to the costs is limited. The calciner flue gas is cooled down in HE3 from 950 °C to 
470 °C (heat duty ~ 2.7 MWth) and afterwards from 358 °C to 160 °C (heat duty ~ 1 MWth) in HE4 before being 
introduced to a fabric filter. The CO2 stream behind HE3 is used to preheat the recirculated flue gas to approximately 
450 °C.  
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Fig. 6. Simplified process scheme with attention to the integrated steam generators of the 20 MWth pilot 
   The 20 MWth pilot plant is not energetically optimized. Therefore, a calculation of the overall efficiency has not 
been issued. But, there is high potential for optimization at various places in the process. The temperature of the 
calciner could be reduced to 900 °C compared to the design case, decreasing the energy consumption of the calciner 
by 10.4 %. The decreasing requirement for oxygen increases the efficiency of the process. Instead of introducing the 
make-up to the calciner, it could be directed to the carbonator decreasing the thermal power of the CL process by 
another 3.6 %. It is very likely that the molar conversion of the sorbent is higher than assumed for the design case of 
the pilot. Assuming values from the literature of around 18 % [19] a decrease of the calciner thermal power by 
another 16 % is feasible. The flue gases leaving the process at 160 °C in the pilot could be also used for preheating 
of the oxygen to around 130 °C. This measure will also save another 1.5 % of the calciner energy consumption. 
Another important improvement would be a regenerative heat transfer from the hot solids leaving the calciner to the 
solids stream leaving the carbonator. This solids/solids heat exchange could be e.g. carried out by means of heat 
pipes [12]. An implementation of this heat exchanger would decrease the energy demand of the caciner by another 
41 % [20]. A further improvement could be also a preheating of the make-up flow by means of e.g. the heat of the 
extracted purge. This would decrease the energy consumption by another 0.5 %. Taking all optimization options into 
account, the thermal power of the CL process could be decreased from 10.9 MWth (design case) to approximately     
5 MWth (best case).  
4. Conclusion 
     The carbonate looping process has been successfully tested in a 1 MWth pilot plant at Technische Universität 
Darmstadt. The heat for the endothermic regeneration of the sorbent in the calciner was provided by combustion of 
pulverized coal, while CO2 was continuously captured in the carbonator. CO2 absorption efficiencies of up to 85 % 
in the carbonator corresponding to total CO2 capture rates up to 91 % were reached in coal-fired mode.  
The results of the tests campaigns proved the feasibility of the process. However, further testing is required and will 
be carried out to bring the CL technology to larger scale. In the next step, a 20 MWth pilot plant was designed to 
bring the process even closer to industrial application. However, the pilot plant is not optimized regarding energy 
efficiency. Instead special attention was paid to flexibility with respect to load changes of the upstream plant and 
particularly to a decrease of the capital costs. The design case offers a total CO2 capture of more than 90 % with a 
thermal calciner power of approximately 10.9 MWth. This high energy consumption can be significantly decreased 
by more than half by means of several optimization measures.  
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